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Abstract

A new continuous process combining electrochemical reaction and chromatographic simulated-moving-bed (SMB)
separation is presented. To demonstrate the potential of process integration, this reactor concept is applied to the
direct electrochemical production of arabinose by means of simulation. Experimentally verified models of ‘reactor’
and ‘column’ units are combined with a model of the electrochemical SMB-reactor. These process units are
characterized individually and their model parameters are discussed. The electrochemical reaction inside the
microreactor can be described by a series reaction, which has an impact on the design of the integrated process: as
the reaction should take place in areas of the SMB-process with maximum educt concentration, the reactors are
switched ‘on’ and ‘off” during operation. The integrated process shows interaction between the reaction and the
separation to diminish side reactions. Case studies prove the theoretical feasibility of the integrated process.
Compared to a conventional process with a reactor followed by a SMB-separation, higher yields can be obtained.

List of symbols i applied current density (mA cm™)
k. rate constant of reaction m (s”')
Latin letters ke, overall mass transfer coefficient of component j
(cm s7h)

A cross section of chromatographic column (cm?) L reactor channel length (cm)
A, electrode surface area (cm?) L. column length in the SMB-process (cm)
ae electrode surface to volume ratio (cm™") my.  dimensionless flow rate in section k (-)
b width of reactor channel (um) N number of reactor channels per compartment (—)
Bo  Bodenstein number (-) nc  number of columns in the SMB-process (—)
¢ fluid phase concentration of component j e number of electrons (-)

(mmol cm™?) n; mole flow of component j (mmol cm™ s7)
Con; conversion of component j (-) ng  number of active reactors (-)
¢p,; fluid phase concentration in the particle pores of Pr;  productivity of component j (mmol em ™ s7h

component j (mmol/cm?) Pur; purity of component j (mmol em ™ s7h
D, axial dispersion coefficient in the reactor (cm” s™') q; concentration of component j in the stationary
D.x c axial dispersion coefficient in the column phase (mmol cm™ s7")

(cm? s7h R;  reaction term for component j (mmol em ™ s7h
d,  particle diameter (cm) Re,, particle Reynolds number (-)
F Faraday constant (9.64846 x 10* C mol™") K distance electrode/membrane (um)
H;  Henry coeflicient of component j (-) sm  membrane thickness (um)

t time (s)

* This paper was originally presented at the 6th European Sympo- Lowiten time between switching of the ports in the SMB-

sium on Electrochemical Engineering, Diisseldorf, Germany, Septem- process (s) |
ber 2002. u internal fluid velocity in the reactor (cm s~ )
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volume anode compartment (ul)
4 flow rate (cm® s7')
Vi flow rate in section k (cm® s™)

X axial coordinate in the column (cm)
Y;  yield of component j (-)
z axial coordinate in the reactor (cm)

Greek letters

& void fraction (-)

Nawia fluid viscosity (g em™' s7")
pauia fluid density (g cm™)

T residence time (s)

Subscripts

0 reactor inlet

LILIILIV sections of the TMB and SMB-process
Ara arabinose

D desorbent

E extract

Ery erythrose

F feed

Gluc gluconate

fluid fluid

J component j

k section k

R raffinate

Rm electrochemical reaction number m

S Solid

1. Introduction

The economic production of high-value fine chemicals
and pharmaceutical agents requires reactions with high
yield and purity. In comparison to the common process
design of reaction and separation in series, the integra-
tion of both steps in one unit may enhance process
performance [1]. The interaction between reaction and
separation can increase the reaction yield by continuous
removal of products from the reaction zone while
simultaneously purifying the products. However, this
requires matching operating conditions of the separa-
tion and the reaction. This generally leads to a loss of
one degree of freedom in process operation and optimi-
zation.

The combination of electrochemistry and chromato-
graphy for electroorganic synthesis promises to be an
interesting application, because both processes operate
at moderate conditions concerning temperature, pres-
sure and solvents. As electrochemical reactions are
controlled by the applied electric current, the reactors
can be switched ‘on” and ‘off’. This offers an additional
operating and design parameter.

In the pharmaceutical industry, preparative chroma-
tography is an established high purity separation pro-
cess. As the separation factors of these products are
rather low, it is difficult or impossible to separate them
by other thermal processes. Batch chromatography is a
standard process, but in recent years the simulated-
moving-bed(SMB)-technology has been established as a

continuous process for the purification of pharmaceu-
ticals and fine chemicals [2, 3].

The combination of chromatography with chemical
and biochemical reactions in chromatographic reactors
is a known process [4]. The application in gas and liquid
phases include analytical purposes such as determina-
tion of reaction kinetics as well as preparative produc-
tion of chemicals. A good overview of this topic is
provided [5-7].

To implement electrochemical reactions in the SMB-
process, microreactors are well suited because of their
compact and modular design. Additionally, the charac-
teristic properties of microreactors such as high mass
and heat transfer, high surface to volume ratio and small
residence times are favourable for process stability and
performance [8—10].

To demonstrate the potential of process integration, a
new continuous process, the electrochemical SMB-
reactor, is discussed. A possible mode of operation of
such a SMB-reactor and its theoretical application to
the direct electrochemical production of arabinose are
examined. Based on the models for the electrochemical
microreactor and the chromatographic column, process
simulation and case studies are used to get an insight
into the behaviour and performance of the integrated
process.

2. Chromatographic separation process
2.1. Batch chromatography

Batch chromatography is an adsorptive separation
process. It is a well known method for the analytical
separation of different substances. Another application
is the preparation of high purity and high value products
in liquid systems. For the separation of two substances
A and B, the principle mode of operation is shown in
Figure 1.

A mixture of the components A and B is injected as a
sharp pulse and is transported through the column by
means of a solvent (desorbent). While passing through
the column, the two solutes are separated from each
other because of different adsorption to the solid phase
(adsorbent). The more strongly adsorbed component B
has a slower propagation velocity inside the column
than component A and leaves the column last.

’—'Ij\ﬁl}ﬂ AN

&, B and Descebont Adpcetra —= &

i
o — -

- - -

LA | LB ]

Fig. 1. Operating principle of batch chromatography with concentra-
tion profiles at different times.
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Fig. 2. Operating principle of the TMB-process with internal concen-
tration profiles (steady state).

2.2. True-moving-bed( TM B )-chromatography

To improve separation efficiency and to minimize fluid
consumption as well as product dilution, the concept of
a continuous counter-current flow of the solid and fluid
phase was developed. This so called TMB-process
separates the feed mixture into two fractions: the
raffinate and the extract. The process can be divided
into four sections, each of which accomplishes a special
task realized by the right choice of flow rates (Figure 2).

The feed is injected between the zone II and III, in
which the separation of the two components takes place.
According to their adsorption strength, the net trans-
port velocity of components A and B are in the direction
of the fluid or the solid, respectively. Therefore the less
retarded component A can be collected at the raffinate
port at the end of section III and component B at the
extract port at the beginning of section II. To ensure a
continuous countercurrent process, the solid and the
fluid phase have to be cleaned in the sections I and IV
respectively. Additional desorbent is injected to clean
the solid phase and the purified phases can be recycled.

The process is mainly characterized by the dimen-
sionless flow rates m; in each section k [11-13]

941

In the ideal case without dispersion, mass transfer
resistance etc. these dimensionless flow rates can be used
to find optimal process conditions depending on the
adsorption equilibrium.

The flow rate of the solid ¥ is constant throughout
the apparatus, but the liquid flow rate ¥ tvp changes in
each section because of different inlet and outlet flows of
feed, desorbent, raffinate and extract.

In practice the movement of the particles is difficult to
realize. One reason is the unavoidable backmixing of the
solid that reduces the efficiency of the process. Another
problem is the abrasion of the particles caused by their
movement.

2.3. Simulated-moving-bed(SM B )-chromatography

The SMB-process overcomes the difficulties related to
the movement of the solid [14]. A countercurrent
movement of the solid phase is simulated by moving
the fixed beds periodically in the opposite direction
to the liquid flow. This is achieved by switching the ports
of the inlet and outlet streams in the direction to the
liquid flow. The resulting periodic process is at cyclic
steady state (Figure 3).

The performance of a SMB unit becomes identical to
the corresponding TMB-process in the case of an infinite
number of columns and the switching time as well as the
column length approaching zero.

The SMB-process has been used for many years in the
petroleum and sugar industry for large scale operation
[11, 14-17]. In recent years this process has been
established in the pharmaceutical industry for the
production of pharmaceuticals and fine chemicals
with high purity. These applications have been reviewed

[3].

3. The electrochemical microreactor

The integrated process employs electrochemical micro-

my = V"-TMB (1) reactors. A prototype of this reactor is described in [8]
Vs and its functionality has already been proven [9]. The
By
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Fig. 3. Operating principle of the SMB-process with internal concentration profiles at the end of one cycle (cyclic steady state).
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Fig. 4. Schematic representation of assembly of the prototype elec-
trochemical microreactor (source: IMM Mainz, Germany).

reactor design is based on the thin-layer-cell-technique
[18] and employs a miniaturized plate-to-plate electrode
configuration with a non-conducting housing (Figure 4).
The reaction volume consists of several parallel channels
in a foil, which are realized by wet etching and laser
cutting techniques. The stack construction leads to a
modular and compact design, which can easily be
adjusted to different reaction systems. For example
the electrode distance can be varied by changing the
thickness of the foil. Another design alternative is the
construction of a divided cell by introducing a mem-
brane between two separate foils containing reaction
channels. The stack construction makes it easy to test
different materials for electrodes, foils and membranes.

Owing to the advantages of microreaction technology,
the reactor can provide increased reaction yields, short
residence times and fast dynamics [10].

Recently, a new prototype has been constructed,
which fulfils the requirements for the implementation in
an electrochemical SMB-process such as pressure tight-
ness and solvent stability [19].

4. Reaction system

The direct electrochemical production of D-arabinose
from sodium D-gluconate in water is used as a model
system. This reaction has been studied previously by
several authors [20-24]. It is of special interest, as it is
a representative for the different oxidations in carbo-
hydrate electrochemistry [25] and D-arabinose itself can
be used as a precursor for chiral compounds in the
pharmaceutical industry, e.g., vitamins [26]. The main
reaction is a partial oxidation of gluconate taking place
at the anode, given here for the case of an alkaline
medium

CsH 107 +OH™ — CsH (05 +CO; + H,0 + 2e™
Gluconate Arabinose
(2)

There are two types of anode side reactions [20-24]. The
first is the further oxidation of the pentose arabinose
to lower order sugars (such as the four carbon mole-
cule erythrose) or even the complete oxiditation to
carbon dioxide. For the first case this can formally be
written as

CsH(Os +40H™ — C4H3O4 +CO; + 3H,0 + 4e™
Arabinose Erythrose
3)

The other side reaction is the solvent decomposition of
water to oxygen

40H™ — 2H,0 4 O, + 4e~ (4)

In the present study, the anode and the cathode
compartment of the electrochemical microreactor are
separated by an ion exchange membrane so that the
hydrogen from the cathode reaction

2H,0 +2¢~ — H, + 20H" (5)

does not directly interfere with the anode reactions.

5. Mathematical model
5.1. Electrochemical microreactor

To perform case studies of the integrated process for a
wide range of parameters, it is necessary to ensure
sufficiently fast process simulation. Therefore the model
of a plug flow reactor with convective mass transport
and first order reactions is chosen, which is able to
sufficiently reproduce the system behaviour while still
guaranteeing fast simulation. Only the reactions in the
anode compartment are considered and no electrody-
namics are included in this model at present. As the
processes at the cathode are assumed to have no direct
influence on the reactor performance, these are neglec-
ted in the further course of this study. The differential
mass balance for each component j is written:

dcj(z,t) _ Oclz,t) A
o e TR (6)

with the internal velocity u inside the anode compart-
ment given as

‘V
U=—— 7
sbN %

It will be shown in the following sections (see Figure
5) that the reaction system can be described with
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Fig. 5. Comparison of experiment (a) and simulation (b) for the yield
of arabinose.

reasonable accuracy as a series reaction: the main
reaction is the production of gluconate according to
Equation 2, characterized by the rate constant k;, and
the side reaction is the further decomposition of
arabinose characterized by the rate constant k, (Equa-
tion 3):

CeH 1107 it CsHioOs a C4H804 (8)

Gluconate ~"eRl Arabinose ~'eR2 Erythrose

Erythrose has been selected as key component for the
by-products. Because the rate constants are taken as
functions of the applied current density i, the loss of
electrical current due to the side reaction of oxygen
evolution has been lumped into the rate constants.

Assuming first order reactions, this leads to the
following reaction terms R; for each component
(j = Gluc, Ara, Ery):
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RGlue = _kl( )CGluc (9)
Rara = ki (i)CGluc - k2CAra(i) (10)
REry = kZCAra(i) (1 1)

Through Faraday’s law the reaction rates are linked
to the current densities ig; and iz, for each electro-
chemical reaction:

a
RGiue = — p RTFIRI (12)
e
de de
Rparg = ——1Ig1 — 13
Ara nerF IR1 e F ( )
de
Riny = 14
by nepa ( )

The resulting linear relationship between current density
(Equations 12-14) and concentration (Equations 9—11)
is an analytical solution generally derived for diffusion
limited reaction conditions, but the simplicity and
satisfactory accuracy of the resulting model justifies
the assumption of first order reactions in this study.

5.2. Chromatographic separation process

In the strategy commonly used, only one column has to
be characterized to model an SMB unit as a combina-
tion of several columns with periodic changes in the
boundary conditions of each column. The theoretical
model for a chromatographic column is based on the
differential mass balance taking into account axial
dispersion as well as mass transfer between fluid and
solid phase given by a linear-driving-force (LDF)-
model. This leads to the following differential equation
for the mass balance of component j (j = Gluc, Ara,
Ery) in each section k (k = LILIILIV) for the liquid
phase:

dc; v Jc; 820j 61—c¢
BT e ox T Pmega Tk — (¢~ cp))
(15)
and solid phase:
Bq 6
8t keff,jd ( Cp/) (16)

The axial dispersion coefficient can be estimated by
the equation proposed by Chung and Wen [27]:

Vid,

Bo=—"7—"— 17
AC8Dax,C ( )
0.2 0.011

Bo = T + T (SRep)OAg (18)
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Re, =
P Acengug

(19)

and the adsorption equilibrium is described by the
isotherm equation:

q; = f(cp) (20)
These Equations 15-20 describe the model for each
individual column.

In the SMB-process the internal flow rates are related
to the external streams by balances of the in- and outlet
nodes. A mass balance of each node is also necessary to
calculate the concentration at the in- and outlet of each
single section:

Desorbent node:

o =W -y (21)

¢ipVb = fii — i v (22)
Extract draw-off node:

Ve =V —Th (23)

CjE = C_;{lln = C_i;r,ln (24)
Feed node:

Ve = Vin — Vi (25)

cj Ve = Vi — it (26)
Raffinate draw-off node:

e =V — Wy (27)

CjR = C;nllfl = C}I,llv (28)

6. Experimental
6.1. Electrochemical microreactor

Steady state experiments in the first prototype of the
microreactor have been conducted at ambient temper-
ature to determine the reactor performance. The reactor
is a divided cell equipped with a proton conducting
polyether-etherketone(PEEK)-membrane [28]. All di-
mensions of the microreactor are given in Table 1.

All reagents were synthesis grade and were purchased
from Merck (Darmstadt, Germany). Demineralised
water was obtained through a Milli-Q system from
Millipore (Bedford, USA). Two pumps L6200A from
Merck (Darmstadt, Germay) were used to set the flow
rates.

Table 1. Dimensions of the microreactor prototype used for parameter
determination (The anode and cathode compartment are of equal size)

Characteristic Symbol Value
Distance electrode/membrane s/pm 125
Membrane thickness Sm/Hm 125
Width of the channel b/um 800
Length of the channel L/cm 32
Number of channels N (-) 27
Volume anode compartment Va (u) 86.4
Electrode surface area A (cm?) 6.9
Surface to volume ratio (anode) a. (em™) 80

The feed to the anode compartment consisted of
0.5 m sodium gluconate in aqueous solution of 0.5 m
sodium acetate, which was used as conducting salt. The
feed to the cathode compartment had the same compo-
sition but no gluconate was used. Equal flow rates for
both compartments were used and their value was
varied between 0.2 and 2 ml min~' corresponding to a
residence time of the solution in the reaction channels
between approx. 26 and 2.6 s, respectively. For each
residence time the applied current was varied between
100 and 500 mA, which correspond to current densities
of approx. 14.5 to 72.3 mA cm >

The solution of arabinose and gluconate leaving the
reactor was analyzed by gas chromatography coupled
with mass spectroscopy [29]. A Hewlett Packard 5890
Series 11 gas chromatograph equipped with a standard
column (HPS5) and a FID detector was used. Product
derivatization was performed with hexamethyldisilazane
(HMDS, Fluka, p.a.) and trichloromethylsilane (TMCS,
Fluka, purum) in aqueous pyridine (Fluka, p.a.) solution.

This procedure allows determination of the conver-
sion of gluconate and the yield of arabinose individu-
ally. In Figure 5(a) the experimental result for the yield
of arabinose is given.

6.2. Chromatographic column

A consistent and experimentally verified method is
applied to characterize the chromatographic separation
by single column experiments. A detailed description of
this method is given elsewhere [30].

The ion exchange resign PCR-450Na (d,, = 380 um,
Purolite) was used as adsorbent. No ion exchange has to
be taken into account as the adsorption mechanism in
the case of sugars is purely adsorptive. The chromato-
graphic parameters for arabinose (for microbiology,
Merck, Germany) and gluconate (synthesis grade,
Merck, Germany) in pure water and aqueous solution
of 0.5M sodium acetate (synthesis grade, Merck,
Germany) were determined. Apart from adsorption
isotherms, the packed bed void fraction and mass
transfer coefficients were obtained in a test column of
12 cm length and an inner diameter of 2.6 cm (Super-
formance, Merck, Germany). A standard LC setup
consisting of one pump (Prep Star Solvent delivery
Modul SDI, Varian, Germany), a six-port injection



valve (Rheodyne 7125, Rheodyne, USA), a polarimeter
detector (IBZ Messtechnik, Germany) and a standard
PC was used.

7. Parameter determination
7.1. Electrochemical microreactor

For steady state operation, Equation 6 in combination
with Equations 9-11 can be solved analytically under
the boundary condition that only gluconate is present in
the feed stream

Cara(z=0) = cgry(z=0) =0
(29)

CGluc(Z = 0) = Co,

This solution can be rewritten to give the following
expressions for the conversion of gluconate

co—c(z=1L)

€0

ConGluc = =1- CXp{—k] (i)f} (30)

and the yield of arabinose at the reactor exit (z = L)

(z=L
YAra = CAra (Z )
Co

ky (i) . ,
=06 P 0T —ep{—k(m)] (1)

The residence time 1 is defined as:
(32)

The rate constants k(i) and k(i) are determined for
each applied current density by fitting the values of
conversion and yield for the experiments with different
residence times (Figure 5(a)). This leads to the following
empirical correlations:

k(i) = —1.296 x 10752 4+ 1.058 x 103 (33)

k(i) = 1.602 x 107%i% + 1.920 x 1073 (34)
Within the parameter range investigated here, the rate
constant k is always larger than k; by a factor of 1.6-5.2.

The simulation of Equation 6 together with correla-
tions 33 and 34 leads to Figure 5(b). The comparison
with Figure 5(a) shows reasonable agreement between
experiment and simulation and justifies the use of this
model in further process investigations. The developed
reaction model is able to reproduce the maximum in the
yield as a function of the residence time.

7.2. Chromatographic column

Although the isotherm for gluconate was slightly
nonlinear, for the sake of simplicity and to ecliminate
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the influence of nonidealities in adsorption behaviour,
all isotherms are taken to be linear and are described by
Henry coefficients H;. Equation 20 is thus replaced by

q; = Hijcpj (35)

The Henry coefficients of gluconate and arabinose
have been determined as 0.3 and 0.6, respectively. For
erythrose the Henry coefficient is arbitrarily set to 0.2
for this study. It is important to state that the value of
the Henry coefficient of erythrose relative to those for
arabinose and gluconate determines the process set-up:
e.g. it is impossible to separate pure arabinose from the
reaction mixture in one SMB for a Henry coefficient of
erythrose greater than those of arabinose. In this case
the design problem becomes much more complex.
Although the selection of 0.2 as Henry coefficient is
clearly a constraint in terms of process selection, this
value makes it easier to demonstrate the performance of
the integrated process.

All chromatographic parameters used for this study
are summarized in Table 2.

8. Description of the integrated process

The matching operating conditions allow the combina-
tion of the electrochemical microreactor and the chro-
matographic separation process without changing the
solvent or the operating temperature. In this study only
continuous process operation will be considered, thus
limiting the use of chromatography to SMB-operation.
If arabinose is to be produced with a purity of 99%
in one process step, the yield of the serial connection
between reactor and SMB-process is limited by reaction
kinetics (Equations 8 and 31) in single pass operation.
The arabinose produced during the reaction is partially
consumed by further decomposition inside the reactor
and is then purified in a SMB unit.

In an integrated process, the microreactors are placed
between the chromatographic columns in a standard
SMB-set-up (Figure 6).

To overcome the limitation in yield by the continuous
removal of arabinose from the reaction zone, the process
is operated in the following way (Figure 6(a)): Pure
gluconate solution is used as feed in the electrochemical
SMB-reactor and the switching of the inlet and outlet
ports can be carried out as described above. Arabinose
is separated from the reaction mixture and collected at

Table 2. Chromatographic parameters used for process simulation

Characteristic Symbol Value
Arabinose/Gluconate/Erythrose
Henry constant H(-) 0.6/0.3/0.2

Mass transfer coefficient ke (x10™* cm s71) 3.5/1.7/3.5
Adsorbent
Particle diameter

Void fraction

0.038
0.3218

d,, (cm)
& ()
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Fig. 6. (a,b) Operating principle of the electrochemical SMB-reactor for the production of arabinose.

the extract port. The raffinate contains unreacted
gluconate and the by-product erythrose. This makes a
direct recycle of gluconate impossible, as erythrose
would accumulate in the process. A purge has to be
included in the recycle to avoid this problem, which goes
beyond the scope of this paper.

As gluconate is mainly present in zone III, the
reaction should only take place in this section of the
process. Therefore only the reactors in this section need
to be active and are switched on. Additionally, it is
important that the other reactors are inactive to avoid
arabinose and solvent decomposition.

A switch of the inlet and outlet ports of the SMB-
process (Figure 6(b)) also has to include a shift of the
active reactors. This is only possible because electro-
chemical reactions exhibit the unique feature to be
switched on and off by means of the applied current.
During the shift one reactor is switched on and the other
is switched off. Another important point is the necessity
to use microreactors in this process to achieve fast fluid
and electrical dynamics in the reactors. Otherwise the
discontinuous reactor operation would likely lead to
instabilities in the process.

In Figure 7 the concentration profile inside the SMB-
reactor obtained from simulation is given. The inlet

concentration of gluconate into the second active
reactor is higher than the outlet concentration of the
first one while the opposite is true for arabinose. This
clearly demonstrates the interaction of reaction and
separation in this integrated process.

9. Model based process synthesis: Case studies

Because of the complex behaviour of this periodic
process, a model-based approach for the process layout
and design is necessary. Based on the units ‘reactor’ and
‘column’, two different processes have been investigated.
A serial design with an electrochemical reactor followed
by a SMB-separation and an integrated process with
reactors placed between the columns of the SMB-
process as described above. The process models have
been implemented in the dynamic simulation program
gPROMS™ (Process Systems Enterprise Limited).

A conventional set-up of the SMB-process consisting
of eight columns with two columns per section is
considered. In the integrated case only the two reactors
in zone III are active. In the serial case two reactors are
placed in front of the SMB, so that the total active
reactor volume is the same for both processes (Figure 8).
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=
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fluid concantration’ mmad cm-?
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| R Rl -R
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=
active reactons

ﬁ [—ﬁ; L;-EL. B~

Fig. 7. Simulated internal concentration profile in a SMB-reactor for the production of arabinose (my; = 0.35, my; = 0.354, other data taken

from Table 3).
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Table 3. Input parameters used in the case studies

Reactor SMB*

L (cm) 20 Lc (cm) 60

s (um) 125 Ac (cm?) 5.31

b (pm) 800 piuia (g em™) 1

N 71 Mawia (@em ™' s7) 107

ky (57 0.021478 my; myy (-) 0.659; 0.15
ky (s7Y) 0.053139 Lswiteh () 306

nr (-) 2 ne (per section) 8(2)

@ Other data taken from Table 2.

The parameters used in this study are summarized in
Table 3.

The dimensionless flow rates my; in zone II and III,
defined for SMB as

Vitswiteh — AcLce
e = Ach(l — 8) (36)
are varied systematically. The interval for the parame-
ters are selected according to the Henry coefficients of
the species, as suggested by the equilibrium theory [11-
13]. The influence of the operating parameters on the
overall yield of arabinose in the extract over one cycle,

hAra,E
YAra‘E =

(37)
VECGlue F

and the productivity or space time yield of arabinose
based on the total reactor volume

hAra,E
sbNLngr

PrAra,E = (38)

is studied. The amount of arabinose collected at the
extract port during one cycle can be calculated by
applying the following equation in cyclic steady state:

V ne - tswitch
£ / carg()d
0

NClswitch

hAra,E = (39>

The purity in the extract is calculated by the following
equation:

hAra,E
’;lAra,E + hGluc,E + ’:lEry,E

Puran g = (40)

The results from simulation for the integrated process
are given in Figure 9. The yield of arabinose (Figure
9(a)) exhibits a maximum of 60% for m; about 0.32 and
myyy about 0.325.

This corresponds to a region of low feed flow rates,
because myj—my; is proportional to the feed, as can be
seen by combining Equations 25 and 36:

. . tswitch : Tswitch
—my = (Vi — W =W
my — my = (M H)LCAc(l —¢) FLCAC(I —¢)

(41)

However, if taking into account the purity constraint
of 99% (given as lines of constant purity in Figure 9),
the operating range of the process is limited to flow rates
myy greater 0.345. This lowers the maximum achievable
yield to only 48%. As shown in the figure, a less strict
purity specification of e.g. 90% would allow operation
with much higher yields of about 59%.

Although further optimization of e.g. the reactor and
column volumes might produce higher reaction yields,
the series reaction inside the reactor limits the maximum
yield to well below 100% for still reasonable conversion
of gluconate.

The productivity as a function of the operating
parameters shows a trend opposite to that one for the
yield (Figure 9(b)). It reaches a maximum in regions of
low my; and high myp. Although the yield is low in these
regions, the high feed throughput leads to a higher
amount of product and, therefore, higher productivity.
In terms of process optimization, it is important to
define the desired objective function in order to select
optimal process conditions. In general this will be a cost
function, which in the case studied here could be
generated by properly weighing yield and productivity
with specific costs. However, for identifying general
trends in process behaviour, this is not necessary.

The importance of selecting a proper objective func-
tion can also be shown by a comparison of the
integrated process (SMBR) and the serial connection
of reactor and SMB-separation (R + SMB) (Figure
10). The purity in the extract was always greater 99%
for both processes.

The integrated process can produce arabinose with
significantly higher yield than the serial process, which
is limited by the maximum vyield typical for a series
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Fig. 9. Influence of operating parameters on the (a) yield and (b) productivity of arabinose in the extract obtained from simulation ((- - - ) line of

constant purity).

60 6
—o— Yield (SMBR)
| —i Yield (R+SMB) |
50 —e— Productivity (SMBR) | el
—x- Productivity (R+SMB) || .~ 4

40 oo e b T -

Yield/ %
Productivity/ mol I's?

Fig. 10. Comparison of integrated (SMBR) and serial (R + SMB)
connection of reactor and SMB: yield and productivity of arabinose in
the extract (my; = 0.35; extract purity >99%; theoretical maximum
yield for serial connection: 21.9%)).

reaction. This can be seen from Figure 10, where the
maximum yield for the latter case is very close to the
theoretical limit of 21.9%. But the simulation data also
indicate that the maximum productivity in the latter
case can be higher than in the integrated case.

Therefore it is not a priori clear if the integrated
process is ‘better’ than the serial connection.

10. Conclusion

Electrochemical SM B-reactors integrate electrochemical
microreactors and chromatographic separation columns
in a countercurrent simulated moving bed process.
Different operation modes of this process are presented
to demonstrate the potential for process intensification
by process integration.

A model based simulation strategy has been used to
examine the application of this process to the direct

electrochemical production of arabinose. It has been
shown that the microreactor can be described by a
simple plug-flow model with a series reaction. Together
with the experimentally verified model of the chroma-
tographic column, the whole process can be described.

To integrate the reaction in an SMB-process, the
electrochemical microreactors are placed between the
columns and the system is operated in SMB-mode. For
arabinose production, the reactors should be active in
the zone with the highest gluconate concentration. In
addition to the matching operating conditions, this
shows the advantage of connecting electrochemical
reactors and SMB, as the reactors can be switched ‘on’
and ‘off” by means of the applied current. Microreactors
are necessary to achieve fast process dynamics. The case
studies performed prove the feasibility of the integrated
process, as higher yields than with a serial connection of
reactor and SMB can be obtained. Appropriate objec-
tive functions for process optimization are also dis-
cussed: The integrated process will obtain high
productivity only at low yield and vice versa. A
comparison of integrated and serial operating processes
leads to similar results. Whereas a higher maximum
yield can be obtained in the integrated case, the
serial case seems to achieve a higher maximum produc-
tivity.

More case studies must to be performed and suitable
objective functions have to be taken into account to
compare these two processes on a broader basis, which
should also include the variation of design parameters
and the recycle of unused reagents.
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